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a b s t r a c t

The liquid hold-up in a reactive distillation (RD) column not only has a significant impact on the extent of
reactions, but also affects the pressure drop and hydraulic conditions in the column. Therefore, the liquid
hold-up would be a critical design factor for RD columns. However, the existing design methods for RD
columns typically neglect the influence of considerable amount of liquid hold-up in downcomers owing
to the difficulties of solving a large-scale nonlinear model system by considering downcomer hydraulics,
resulting in significant deviations from actual situation and even operation infeasibility of the designed
column. In this paper, a pseudo-transient (PT) RD model based on equilibrium model considering tray
hydraulics was established for rigorous simulation and optimization of RD plate columns considering the
liquid hold-up both in downcomers and column trays, and a steady-state optimization algorithm assisted
by the PT model was adopted to robustly solve the optimization problem. The optimization results of
either ethylene glycol RD or methyl acetate RD demonstrated that assuming all the liquid hold-up of a
stage belonged to the tray will cause significant deviations in the column diameter, weir height, and the
number of stages, which leads to not meeting the separation requirements and even operation hydraulic
infeasibility. The rigorous model proposed in this study which considers the liquid hold-up both on trays
and in downcomers as well as hydraulic constraints can be applied to systematically design industrial RD
plate columns to simultaneously obtain optimal operating variables and equipment structure variables.
© 2024 The Chemical Industry and Engineering Society of China, and Chemical Industry Press Co., Ltd. All

rights are reserved, including those for text and data mining, AI training, and similar technologies.

1. Introduction

Reactive distillation (RD) technology is one of the best success
stories of the application of process intensification technology in
chemical industry, which takes advantage of the synergies of the
combination of reaction and separation to reduce energy re-
quirements and capital cost, along with improving the sustain-
ability of the distillation process [1,2]. Owing to the outstanding
advantages and potential, the RD has attracted increasing attention
from researchers in the field of chemical process intensification
since the early 1920s [3]. Although the optimal design of RD col-
umns based on rigorous model is necessary to yield optimal oper-
ating conditions with economic benefits, this is very difficult due to

the large-scale nonlinear model equations that must be solved. In
addition, because the RD is simultaneously affected by thermody-
namic equilibrium and reaction kinetic or reaction equilibrium, the
hydraulic condition in the RD column is crucial to achieve high
reaction conversion and efficient separation. For example, the
liquid hold-up at each column tray, which refers to certain of re-
action volume, affects the extent of reactions, also significantly af-
fects the pressure drop of the column tray, which thus affects the
pressure and temperature distribution in the column, and subse-
quently affects the reaction kinetics or reaction equilibrium con-
ditions and the phase equilibrium of components. Therefore, if
these additional equations describing the real liquid hold-up and
tray hydraulics are added to the RD model system, the scale and
nonlinearity of the RD model will be further increased, and it will
be more difficult to simultaneously optimize the operating vari-
ables and the structural variables of RD columns.* Corresponding author.
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With the deepening understanding of RD, people have realized
that the reasonable reaction volume is crucial to the optimal design
and feasible operating of RD columns. Traditional design methods
[4e7] for RD columns usually pre-specify the reaction volume (for
liquid-phase reactions, this is usually the liquid hold-up on trays) of
each stage according to the reaction kinetic conditions followed by
repeatedly checking the hydraulics conditions in the column and
adjusting the pre-specified volume setting to ensure the operation
of the column is hydraulically feasible. Huss et al. [4] explored a
hierarchy of methods and models for the design and simulation of
themethyl acetate RD column by fixing the reaction volume of each
column tray in reaction section as a large value of 3m3 with 23 in (1
in¼25.4 mm) weir heights for the RD column. However, Li et al. [8]
evaluated the results of Huss et al. by rigorous models considering
tray hydraulics, and found serious weeping in the RD column,
which meant the column cannot operate normally. Domingues
et al. [9] designed a methyl tert-butyl ether (ETBE) catalytic distil-
lation column by using a hybrid strategy coupled with evolutionary
algorithm and nonlinear solver. The mass of the catalyst has a great
influence on the design of catalytic distillation, and in this design, it
was assumed that the mass of the catalyst used in each reaction
stage is the same, that is, the reaction volume of the tray was fixed,
which made the liquid hold-up of the tray cannot be in the best
state. Tsatse et al. [7] presented a novel methodology for the
simultaneously optimize the design and operation of complex re-
action distillation processes, and considered multiple process al-
ternatives. The fixed liquid hold-up was also adopted in the design,
and the pressure drop of the tray was ignored. Although this work
did not optimize the liquid hold-up, it explored the influence of
different fixed values of liquid hold-ups on the optimal design
under fast and slow reaction kinetics, and found that the system
was more sensitive to changes in the liquid hold-up when the re-
action kinetics was slow. In summary, improper design of reaction
volume not only fails to optimize the design, but also may lead to
poor hydraulic conditions in a column, making operation infeasible.
Therefore, the liquid hold-ups should be taken as optimized vari-
ables under the constraints of hydraulic limitations and cannot be
specified directly [10]. Li et al. [8] also evaluated the design result of
ethylene glycol RD column by Ma et al. [11], who optimized the RD
column by rigorous model, in which the reaction volume on each
tray was taken as optimized variable but the tray hydraulics of
pressure drop of each column tray was artificially specified. Simi-
larly, a significant deviation from the actual pressure drop inevi-
tably arose, and the obtained optimal reaction volume distribution
in the reaction section of the RD columnwas practically impossible
to achieve due to the hydraulic limitation of the column.

In addition, although the importance of considering tray hy-
draulic limitation to the design of RD column has been recognized,
simplified methods which assume the liquid hold-up existing only
on column trays, are typically adopted to reduce the scale and
difficulty of problem modeling and solving, such as the study of Li
et al. [8] and Noll et al. [12], based on the equilibrium stage model,
used the tray pressure drop model to rigorous calculate the liquid
hold-up of the tray, and took this parameter as an additional
model output. Although this method accurately calculates the
liquid hold-up in the tray, for homogeneous RD plate column,
reactions not only occur in the liquid on column trays, but also in
the liquid of downcomers. The assumption that the liquid phase
completely exists on trays will inevitably lead to overestimations
of the designed weir height, column diameter, or the number of
trays, and eventually lead to unreasonable design and even
infeasible operation because of hydraulic limitation. For hetero-
geneous RD, the catalyst is usually installed on the tray, so there is
no reaction in the downcomer. However, ignoring the downcomer
liquid hold-up will make the downcomer design lack of liquid

volume parameters, and may also lead to unreasonable design or
hydraulics infeasibility.

To describe the process of RD plate column more accurately and
address the issue of excessivemodel complexity and computational
difficulties, this study formulated a pseudo-transient (PT) equilib-
rium RD model considering the reactions in the liquid hold-ups of
both downcomers and column trays, stage pressure drop and col-
umn hydraulics constraints, so as to achieve rigorous simulation of
RD columns. By applying a steady-state optimization method
assisted by the PT model, the simultaneous optimization of discrete
variables of column structure and continuous operating variables
was achieved, and the impact of liquid hold-up in downcomers on
optimal design was further explored.

The remainder of this paper is structured as follows: in Section
2, the RDmodel considering the liquid hold-up in downcomers and
the optimization algorithm are introduced. In Section 3, two cases
of the ethanol glycol RD column and methyl acetate RD column, are
used to demonstrate the influence of liquid hold-up in downcomers
on the design of RD designs. Section 4 concludes the study.

2. Reactive Distillation Model and Optimization Algorithm

In an RD column, the ongoing reaction and separation process
lead to strong coupling and nonlinearity in the large-scale RD
model due to the mutual influence between component reaction
and separation, as well as the mass transfer between the adjacent
trays. Without good initial value estimation, existing nonlinear
equations solving techniques cannot guarantee the convergence of
the simulation problem. Therefore, the most significant challenge
for rigorous optimization of an RD column is the robust and reliable
solution of large-scale, strong coupled nonlinear equation models.
For the rigorous simulation of complex processes, Pattison and
Baldea [13] have shown that if the nonlinear equations in an
algebraic equation model are reconstructed as differential equa-
tions, the reconstructed differential algebraic model can be solved
based on the initial conditions of dynamic variables (rather than
initial values), so that the convergence domain of the simulation
problem can be effectively expanded and the same steady-state
solution can be obtained as the original algebraic equation.
Therefore, based on the concept of pseudo-transient continuation
approach proposed by Pattison and Baldea [13] and the pseudo-
transient modeling method, in this section an PT equilibrium RD
model was established, in which the liquid hold-up on trays and in
downcomers are considered separately.

Fig. 1 is the schematic diagram of an equilibrium stage in an RD
column composed of a plate tray and downcomer, as shown by the
area contained in the shadow in the figure. The liquid from the

upper stage downcomer (flow rate Lj�1, and mole fraction xj�1
i )

flows into the tray j, and as the reactions and separation of com-
ponents on the tray proceed, the liquid leaves the tray and enters

the downcomer with a flow rate of Ljtray, and a mole fraction of

xji;tray. If the catalyst is present, the reactions in the downcomer

continue, and the flow rate of the liquid leaving the downcomer is Lj

and mole fraction is xji. To consider the liquid hold-up of a tray and
its downcomer separately, following assumptions were adopted:

(1) The vapor and liquid streams at each tray are in thermody-
namic equilibrium with one another when exiting the tray;

(2) The liquid hold-up in the downcomer is uniformly mixed,
and the reactions can be still occurring for homogeneous
catalysis;

(3) The vapor entrained by the liquid into the downcomer does
not engage in mass transfer with the liquid, but solely
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influences the hydraulics in the downcomer. All vapor in the
downcomer leaves above it and enters the upper tray;

(4) The possible evaporation of the liquid in the downcomer due
to reaction heat is ignored.

2.1. Reactive distillation algebrc equation model

The algebraic equilibrium model of RD column stage is pre-
sented as follows:

Component mass balance equation of stage j:
For the tray:

Vjþ1yjþ1
i þ Lj�1xj�1

i � Vjyji � Ljtrayx
j
i;tray þ Rji;trayV

j
r;tray ¼ 0

i ¼ 1;2;/;NC; j ¼ 1;2;/;Ns

(1)

Rji;tray ¼
XNr
k¼1

vi;kr
j
k;tray i ¼ 1;2;/;NC; j ¼ 1;2;/;Ns;

k ¼ 1;2;/;Nr

(2)

rjk;tray ¼ f
�
Tj; Pj; xji;tray

�
i¼1;2;/;NC; j¼1;2;/;Ns;

k¼1;2;/;Nr

(3)

Vj
r;tray ¼ð1�2fdaÞ

p
4
D2hjl j¼1;2;/;Ns (4)

where NC is the number of components, Ns is the number of stages,

Nr is the number of reactions. Vj and Ljtray represent the molar flow
rates of vapor and liquid leaving tray j, Lj represents the molar flow

rates of liquid phases leaving downcomer j. yji and xji;tray respec-

tively denote the mole fractions of vapor and liquid phases leaving

tray j, xji denotes the mole fractions of liquid phases leaving

downcomer j. Rji;tray denotes themolar reaction rate of component i

on tray j. Vj
r;tray denotes the reaction volume on tray j. ni;k represents

the normalized stoichiometric coefficient of component i in reac-

tion k. rjk;tray denotes the molar reaction rate of reaction k on tray j.

fda denotes the fractional downcomer area. D represents the col-

umn diameter. hjl represents the height of the equivalent clear
liquid layer on tray j.

For the downcomer:

Ljtrayx
j
i;tray � Ljxji þ Rji;dcV

j
r;dc ¼ 0 i ¼ 1;2;/;NC; j ¼ 1;2;/;Ns

(5)

Rji;dc ¼
XNr
k¼1

vi;kr
j
k;dc i ¼ 1;2;/;NC; j ¼ 1;2;/;Ns;

k ¼ 1;2;/;Nr

(6)

rjk;dc ¼ f
�
Tjdc; P

j
dc; x

j
i

�
i ¼ 1;2;/;NC; j ¼ 1;2;/;Ns;

k ¼ 1;2;/;Nr

(7)

Vj
r;dc ¼ fda

p
4
D2hjdc j ¼ 1;2;/;Ns (8)

where Rji;dc denotes the molar reaction rate of component i in

downcomer j. Vj
r;dc denotes the reaction volume in downcomer j.

rjk;dc denotes the molar reaction rate of reaction k in downcomer j.

hjdc represents the height of the equivalent clear liquid layer in
downcomer j.

Phase equilibrium equation of stage j:
For the tray:

yji ¼Kj
i x

j
i;tray i ¼ 1;2;/;NC; j ¼ 1;2;/;Ns (9)

where Kj
i is the phase equilibrium constant of component i on tray j.

For the downcomer:
There is no phase equilibrium equation for the downcomer

because according to assumption (3), the vapor entrained by the
liquid into the downcomer does not engage in mass transfer with
the liquid.

Summation equation of stage j:
For the tray:

XNC

i¼1

xji;tray ¼1;
XNC

i¼1

yji ¼ 1 i ¼ 1;2;/;NC; j ¼ 1;2;/;Ns (10)

For the downcomer:

XNC

i¼1

xji ¼1 i ¼ 1;2;/;NC; j ¼ 1;2;/;Ns (11)

Heat balance equation of stage j:
For the tray:

Fig. 1. Schematic diagram of an equilibrium stage j composed of plate tray and
downcomer.
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Vjþ1hjþ1
V þ Lj�1hj�1

L � VjhjV � Ljtrayh
j
L;tray ¼ 0 j ¼ 1;2;/;Ns

(12)

For the downcomer:

Ljtrayh
j
L;tray � LjhjL ¼ 0 j ¼ 1;2;/;Ns (13)

wherehjV and hjL;tray respectively denote the specific enthalpy values

of the vapor and liquid streams leaving the tray j. hjL denotes the
specific enthalpy values of the liquid stream leaving the downcomer
j.

2.2. Reaction distillation differential equation model

As mentioned in the first paragraph of Section 2, PT modeling
method, which converts algebraic equation model into differential-
algebraic equation model, can effectively extend the convergence
basin of algebraic equations. Therefore, to deal with the conver-
gence difficulties in solving the RD algebraic equation model, the
algebraic component mass balance Eqs. (1) and (5), as well as heat
balance Eqs. (12) and (13), which are strong coupled between
adjacent stages, are rewritten as differential Eqs. (14), (17), (20), and
(22), respectively. In addition, the chemical reactions can lead to the
strong nonlinearity of the mass balance equations, therefore the

item of RjiV
j
r in Eqs. (1) and (5) is modulated by a continuation

parameter aj so that the reaction source item at each stage can be
eliminated at the beginning of the integration to stabilize the dy-
namic model.

Component mass balance equation of stage j:
For the tray:

dMj
i;tray

dt
¼Vjþ1yjþ1

i þ Lj�1xj�1
i � Vjyji � Ljtrayx

j
i;tray

þ ajtrayR
j
i;trayV

j
r;tray i ¼ 1;2;/;NC; j ¼ 1;2;/;Ns

(14)

Mj
i;tray ¼Mj

L;trayx
j
i;tray þMj

Vy
j
i i ¼ 1;2;/;NC; j ¼ 1;2;/;Ns

(15)

dajtray
dt

¼1� ajtray;a
j
trayð0Þ ¼ 0 j ¼ 1;2;/;Ns (16)

For the downcomer:

dMj
i;dc

dt
¼ Ljtrayx

j
i;tray � Ljxji þ ajdcR

j
i;dcV

j
r;dc i ¼ 1;2;/;NC;

j ¼ 1;2;/;Ns

(17)

Mj
i;dc ¼Mj

L;dcx
j
i i ¼ 1;2;/;NC; j ¼ 1;2;/;Ns (18)

dajdc
dt

¼1� ajdc;a
j
dcð0Þ ¼ 0 j ¼ 1;2;/;Ns (19)

Heat balance equation of stage j:
For the tray:

dHj
tray

dt
¼Vjþ1hjþ1

V þ Lj�1hj�1
L � VjhjV � Ljtrayh

j
L;tray

i ¼ 1;2;/;NC; j ¼ 1;2;/;Ns

(20)

Hj
tray ¼Mj

L;trayh
j
L;tray þMj

Vh
j
V j ¼ 1;2;/;Ns (21)

For the downcomer:

dHj
dc

dt
¼ Ljtrayh

j
L;tray � LjhjL j ¼ 1;2;/;Ns (22)

Hj
dc ¼Mj

L;dch
j
L j ¼ 1;2;/;Ns (23)

where Mj
i;tray and Mj

i;dc denote the pseudo liquid hold-up of

component i on tray j and in the downcomer j, respectively.Mj
V and

Mj
L;tray represent the pseudo molar hold-up of vapor and liquid

phases on tray j, respectively. Mj
L;dc represents the pseudo molar

hold-up of liquid phases in the downcomer j. Hj
tray and Hj

dc repre-
sent the total enthalpy hold-up on the tray j and in the downcomer
j, respectively.

To make the equation squared, simple linear pseudo-transient
hold-up correlations proposed by Ma et al. [14], as shown in Eq.
(24), are adopted to improve the efficiency of the integration pro-
cess and make the calculation more robust.

V ¼CVMV; Ltray ¼ CL;trayML;tray; L ¼ CL;dcML;dc (24)

Where CV, CL,tray and CL,dc are constants, generally set to 1800 h�1.

2.3. Hydraulic equation for stage pressure drops

Generally, the stage pressure drop Dpj for sieve tray column is
caused by liquid inventory, hl, dry tray perforation, hd, and surface
tension, hs. The pressure drop correlation of sieve tray proposed by
Bennett et al. [15] was applied to calculate the three parts of
pressure drop in this study.

Pressure drop caused by the height of the clear liquid layer on
the tray:

hl ¼fe

"
hw þC

�
Ql

lwfe

�2=3
#

(25)

where fe is the effective relative froth density (the ratio of the clear
liquid layer height to the foam layer height). hw is the weir height.
Ql represents the liquid volume flow rate per unit weir length. C is
the coefficient related to the weir. lw is the weir length.

Pressure drop caused by the friction of vapor flow passing
through the tray perforations:

hd ¼
0:499
c2o

rGU
2
O

rLg
(26)

where co is the orifice coefficient, taken as 0.765 in this work. UO
represents the actual vapor velocity based on the hole area.

Pressure drop caused by surface tension:

hs¼ 6s
grLDH

(27)

where s is the surface tension of the liquid phase. DH is the hole
diameter.

Therefore, the stage pressure drop is calculated by Eq. (28). The
reasonable range of stage pressure drop is limited by Eq. (29) [16].
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Dp¼ rLgðhl þ hd þhsÞ (28)

0:345 kPa�Dp � 1:03 kPa (29)

2.4. Hydraulic constraints

(1) Constraint of entrainment flooding

Entrainment flooding represents the operational upper limit of a
distillation column, occurring when the internal vapor velocity
reaches its maximum value. The entrainment flooding constraint is
usually expressed by Eq. (30). The vapor velocity (unf ) based on the
net area of the column at flooding point can be determined by the
Fair correlation [17] for sieve trays, specifically Eqs. (31)e(33).

un � 0:8unf (30)

unf ¼Csbf
� s

20

�0:2�rL � rG
PG

�0:5
(31)

Csbf ¼0:0105þ 8:127
�
10�4

��
H0:755
T

�
exp

�
�1:463F0:842LG

�
(32)

FLG ¼ L
G

�
rG
rL

�0:5

(33)

where un represents the actual operating vapor velocity based on
the net area of the column. HT represents the spacing between
trays. G and L respectively stand for themass flow rates of the vapor
and liquid streams.

(2) Weeping constraint

Weeping refers the operational lower limit of a distillation col-
umn, occurring when the internal vapor velocity reaches its mini-
mum value. The weeping constraint is usually established by Eq.
(34). The minimum superficial liquid velocity based on the hole
area, u0,min, in Eq. (34) is determined by the empirical weeping
correlation proposed by Lockett et al. [18], specifically Eq. (35):

ustage >u0;min (34)

LP
A0

¼ 0:02

u0;min

�
rG

hLrLg

�0:5 � 0:03 (35)

where the maximum weeping amount LP is typically set as 10% of
the normal liquid phase load. ustage represents actual vapor velocity
based on hole area. A0 represents the hole area.

(3) Downcomer constraints

Constraint of downcomer backup flooding:
Downcomer backup flooding [17] means aerated liquid backs

up in the downcomer, due to exorbitant pressure drop, liquid
height and frictional losses in the downcomer apron. The constraint
[19] is expressed by Eq. (36), where the froth height in the down-
comer, h0dc, can determined by Eq. (37). Eq. (38) [20] is used to
calculate the average froth density in the downcomer, fdc. Eqs.
(39)e(42) are used to calculate the clear liquid layer height in the
downcomer, hdc.

Fig. 2. The result of EG RD column by Li et al. [8]: (a) optimal flowsheet results, (b) optimal distribution of weir height.
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h0dc � 0:85ðHT þhwÞ (36)

h0dc ¼
hdc
fdc

(37)

fdc ¼0:36617
0:24215

1þ expf½378:54� ðrL � rGÞ�=72:439g
(38)

hdc ¼ht þ hl þ hda (39)

hda ¼
0:1652
0:0254

�
Qdc
Ada

�2

(40)

Ada ¼ lwh0 (41)

h0 ¼hw � 0:5 (42)

where hda is the head loss under the downcomer apron. Qdc is the
liquid volume flow rate in the downcomer. Ada represents most

restrictive (minimum) area of flow under the downcomer apron,
usually, this is the area under the downcomer apron. h0 is the
height of the downcomer clearance. Generally, h0 should not be less
than 0.8e1 in, otherwise the resistance of the liquid through the
downcomer clearance will be very high and result in liquid accu-
mulation in the downcomer.

Constraint of downcomer choke flooding:
Downcomer choke flooding may hinder liquid downflow and

result in liquid accumulation on the tray above, therefore the liquid
velocity at the downcomer entrance, UFL, should be less than the
maximum allowable liquid velocity (umax) of the downcomer, as
described by Eq. (43). uFL is calculated by Eq. (44).

uFL � umax (43)

uFL ¼
Q
Adc

(44)

where Q represents the liquid volume flow rate on the tray.
Downcomer outlet liquid velocity constraint:

Fig. 3. Evaluated result of (a) fractional downcomer liquid hold-up volume, (b) liquid hold-up distribution between downcomer and tray of each stage, (c) liquid mole fraction of
components in downcomer, (d) volumetric flow of liquid across downcomer.
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The liquid exiting the downcomer serves as a pre-distribution
before entering the next stage, affecting the flow pattern of the
liquid on the tray. Therefore, it is essential to maintain the outlet
liquid velocity udc of the downcomer within a reasonable range. In
addition, reasonable downcomer outlet liquid velocity also ensures
that the downcomer clearance height is not too low. In this work,
udc,max was taken as 0.56 m$s�1. The constraint is expressed by Eq.
(45), where outlet liquid velocity of the downcomer, udc, is calcu-
lated by Eq. (46).

udc � udc;max (45)

udc ¼
Qdc
Ada

(46)

2.5. Bypass efficiency for stage number optimization

In order to optimize the number of stages of the RD column, the
bypass efficiency method proposed by Dowling and Biegler [21]
was adopted, which by assigning a continuous bypass efficiency ε

j

to each stage, the integer value (0 or 1) of each stage can be ob-
tained at the optima. Then the total number of stages is calculated
by Eq. (47):

Nstage ¼
XNs

j¼1

ε
j (47)

Correspondingly, the pressure on stage j is defined as:

Pjþ1 ¼ Pj þ ε
jDpj (48)

where pressure drop Dpj on tray j is determined by Eq. (28).

2.6. Objective function

The objective of RD column optimization in this study was the
minimum annual total cost (TAC), which is the summation of
equipment cost and energy cost [22]. Equipment cost includes
column equipment cost Ccol,cap and heat exchanger equipment cost
Chx,cap. The specific TAC calculation model is as follows:

TAC¼
�
Ccol;cap þChx;cap

�.
ðPayback periodÞ þ Cenergy (49)

Detail TAC formulas were listed in Appendix A and B for
different case study examples.

So far, the PT RD column model considering liquid hold-up in
downcomers and tray hydraulics has been formulated. In order to
simultaneously optimize operating variables (continuous variables)
and structure variables (discrete variables) of the RD column by
gradient-based optimization algorithm in EO environment, the

Fig. 6. The optimal result of EG RD column using present model.

Fig. 5. Evaluated result of main reaction rate.

Fig. 4. Situation of downcomer backup flooding rate in the RD column of Li et al. [8].
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steady-state optimization algorithm assisted by the PT model
proposed by Ma et al. [23] was adopted, in which the inner loop
conducts steady-state optimization based on an algebraic model, if
the steady-state optimization fails, then goes to the outer loop
where the pseudo-transient simulation using PT model is per-
formed to converge the current trial point followed by next steady-
state optimization.

3. Case Study

In this section, two RD cases in literatures were studied to
explore and verify the impact of liquid hold-up in downcomers on
the design of RD columns. Each case was firstly evaluated using the
proposed model in this study to show whether the column

operated normally under the original design parameters obtained
by the literature. Subsequently, the columnwas optimized with the
objective of minimumTAC based on the proposedmodel. In the two
cases, distillation columns are all sieve-tray columns, with the sieve
tray hole diameter 0.00476 m.

3.1. Ethylene glycol (EG) RD column

The hydration of ethylene oxide (EO) to ethylene glycol (EG) is
an irreversible sequence of reaction. EO reacts with water to form
EG, however, EG can further reacts with EO to form diethylene
glycol (DEG), DEG further reacts with EO to form triethylene glycol,
and so on, which may lead to the formation of high molecular
weight polymers. The RD process with total reflux operation for
producing EG can achieve a lower molar ratio of water to EO in the
feed, significantly reducing energy consumption, enhancing prod-
uct selectivity, and minimizing by-product formation, because the
simultaneous separation of components during the RD process can
inhibit the side reactions, only the first two reactions usually occur
in the RD column:

Fig. 8. Optimal result of (a) reaction rate, (b) fractional downcomer liquid hold-up volume.

Fig. 7. Optimal result of (a) flooding rate, (b) downcomer backup flooding rate.

Table 1
Weir height in each column section of EG RD column

Column section I II III

Weir height (hw)/mm e 68.58 42.42
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C2H4OþH2O/C2H6O2 (50)

C2H4OþC2H6O2/C4H10O3 (51)

The reaction kinetics equations were from Ciric and Gu [24], as
shown in Eqs. (52) and (53). The Wilson equation of state was used
as the thermodynamic model. The unit of reaction rate is
mol$cme3$s�1.

r1 ¼3:15� 109 expð�9547 = TÞxC2H4OxH2O (52)

r2 ¼6:3� 109 expð�9547 = TÞxC2H4OxC2H6O2
(53)

This RD column processes EO and water as separate feeds, with
pressures and vapor fraction being 121.59 kPa and 0, respectively.
The requirement of EG yield in the bottom streamwas not less than
25 kmol$h�1.

To simplify the RD model and make it easy to solve, Li et al. [8]
assumed that all the liquid hold-up of a stage belongs to the tray,
Fig. 2 shows the results of the EG RD column optimized by Li et al.
To evaluate the performance of Li et al.'s column, we simulated the
column using the proposed model in this study, which considered
the liquid hold-up of a tray and its downcomer separately, based on
the operational conditions and equipment parameters obtained by
Li et al.

Fig. 3 shows the evaluated results of Li et al.'s design using the
present model. Li et al. assumed all the liquid hold-up of a stage
belonging to the tray, however, as shown in Fig. 3(a), the liquid
hold-up in a downcomer accounted for more than 30% of the liquid
hold-up at the stage. Therefore, the column diameter was over-
estimated by Li et al. because they calculated the column diameter
using the optimized reaction volume without subtracting the vol-
ume of liquid hold-up in the downcomer. Moreover, the down-
comer liquid hold-up accounted for a large proportion in stage 1
and stages 13e23. In the design of Li et al., according to Eq. (42) (the
unit used in the equation is in), theweir height of stage 1 and stages
13e23 was 15.24 mm, therefore the downcomer clearance height
was only 2.54 mm, excessive resistance caused a larger amount of
liquid hold-up in the downcomer, as shown in Fig. 3(b). At stages 22
and 23, the fractional downcomer liquid hold-up volume was
particularly high, which was mainly caused by the changes in the
composition of the liquid phase in the column. It could be seen
from the liquid composition of the components in each stage
downcomer in Fig. 3(c) that stages 22 and 23mainly played a role in
separation. In stages 1e20, the main component was water, while
in stages 22 and 23, the main component was EG. Due to the
decrease of the water at the bottom of the column and the increase
of EG, the liquid molar density at the bottom of the column was
greatly reduced. The liquid volume flow rate increased significantly
in stages 22 and 23, as shown in Fig. 3(d). As a result, the resistance
of the liquid through the downcomer clearance increased further
and the liquid hold-up in downcomer increases again. Therefore,
severe downcomer backup flooding occurred at stages 22 and 23 in
Li et al.'s design, as shown in Fig. 4.

In addition, assuming that the liquid hold-up of a stage belongs
to its tray, it is equivalent to assuming that the reaction rate on the
tray is the same as the reaction rate in the downcomer. However,
the evaluated results of main reaction rate distribution in Fig. 5
showed that the reaction rate on the tray was much higher than
that in the downcomer. Therefore, ignoring the difference in reac-
tion rate between the liquid phase on the tray and the liquid phase
in the downcomerwould also lead to the design deviation of the RD
column structural parameters.

Fig. 9. Optimal results comparison of Li et al. and present model: (a) pressure drop of
stages, (b) pressure, (c) temperature.
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To achieve accurate design of the EG RD column, we optimized
the column using the proposed RDmodel considering the reactions
in the liquid hold-ups on column trays and in downcomers, stage
pressure drop, and column hydraulics constraints. And to address
the issue of excessive model complexity and computational diffi-
culties, a steady-state optimization method assisted by the PT
model was used to simultaneously optimize discrete variables of
column structure and continuous operating variables. The optimi-
zation variables selected in this example were the column diam-
eter, the number of trays, the uniform weir heights of each column
section, the column top pressure, the molar flow rate of glycol and
water, the vapor fraction of reboiler (RVF), and the additional
fractional downcomer area. The fractional hole area was 12%.

Fig. 6 and Table 1 show the optimized results of the EG RD
column. Notably, compared with the results of Li et al., the number
of stages in section II and III has not changed, while the number of
stages in section I changes from 1 to 0, implying water is fed from
the top of the column. The optimal column diameter is 1.58 m,
which is significantly smaller than 1.983 m by Li et al., therefore the
liquid flooding rate of each tray tend to its upper limit within the
feasible range, as shown in Fig. 7(a). The optimal weir heights for
the column section II and III are higher than those in Li et al.'s
design, thus the height of downcomer clearances increase signifi-
cantly and downcomer backup flooding is eliminated, as shown in
Fig. 7(b).

Fig. 8(a) shows the distribution the main and side reaction rates
in the EG RD column, no matter on the tray or in the downcomer,
the reaction section is stage 1e19, and almost no reaction occurs in
the last four stages. Fig. 8(b) is the distribution of fractional
downcomer liquid hold-up in the EG RD column.

Fig. 9 illustrates the distribution of stage pressure drop, pressure,
and temperature in the column. The bottompressure obtained in this
design is 119.3 kPa, higher than the 106.6 kPa in Li et al.'s design. This
is because theweir height optimized in this study is higher than that
in Li et al.'s design, resulting in a higher clear liquid layerheight on the
tray. Additionally, due to the smaller column diameter, the apparent
vapor velocity in the column is higher, leading to a higher hole ve-
locity and consequently, a greater dry tray resistance. Therefore, the
larger clear liquid layer height on the tray and the dry tray resistance
result in a higher tray pressure drop than that in Li et al.'s design, as
shown in Fig. 9(a). The bottom temperature (472.1 K) is also higher
than Li et al.'s temperature (464.1 K).

According to the optimization results of this example case, the
liquid hold-up in downcomers not only affect the RD column
structural variables such as column diameter and weir height, but
also affects the distribution of pressure drop and temperature in the
column, thereby the conditions of the reaction kinetics and phase
equilibrium. Therefore, it is essential to consider the downcomer
liquid hold-up to ensure a more accurate design of the RD column.

3.2. Methyl acetate (MeOAc) RD column

To further verify the impact of downcomer liquid hold-up on the
design and operation of RD columns, a methyl acetate RD column
designed by Li et al. [8] was simulated and optimized in this section.
Methyl acetate is produced by esterification of acetic acid and
methanol, as described by Eq. (54), which is a reversible reaction
under heterogeneous catalyst.

HOAcþMeOH # MeOAcþ H2O (54)

Fig. 10. Results comparison: (a) the result of Li et al.; (b) the evaluated result by the proposed model in this study.
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The activity-based reaction rate model based on pseudo-
homogeneous reaction assumption is as follows:

r¼ kf

�
aHOAcaMeOH� aMeOAcaH2O

Keq

�
(55)

where the reaction equilibrium constant Keq, and the forward rate
constant kf [25] are given by Eqs. (56) and (57).

Keq ¼2:32 exp
�
782:98

T

�
(56)

kf ¼9:732� 108 exp
�
�6287:7

T

�
(57)

For catalysts in the heterogeneous RD plate column, there are
three common internal configurations: vertically disposed catalyst-
containing envelopes placed along the direction of the liquid flow
path across a tray, within downcomers or near the exit of the
downcomers, and catalytic plates and separation plates installed
alternately. The first type of configuration [26,27] ensures good
contact between the liquid and the catalyst without excessive
pressure drop. The primary drawback of the second type [26,28] is
the limited volume available for catalyst inventory, and the gas phase
barely passes through the catalyst, resulting in poor separation
performance in the reaction zones. The third type [29] can address
both reaction and separation performance but at the cost of an
increased number of trays and column pressure drop. Because it is
relatively convenient to obtain the hydraulic parameters for the first
type of configuration, this paper performed rigorous simulation and
optimization only for the RD column with catalysts placed on trays.
However, themethod proposed in this study is also applicable for the
last two types of configurations, given the hydraulic parameters for
specific catalyst internals. Although there is no reaction in the
downcomer in the first type of configuration, the liquid hold-up in
the downcomer will also affect the hydraulic limitation of the
downcomer, thus affecting the normal operation of the column.

Acetic acid and methanol are fed with equal molar flow rates of
280 kmol$h�1, with a pressure and vapor fraction of 405.3 kPa and
0, respectively. The purity of MeOAc in distillate should not be less
than 98% (mass), and the conversion rate of the reactants should
not be less than 95% (meaning the MeOAc flow at the top of the
column should be no less than 266 kmol$h�1).

Because Li et al. assumed that all the liquid hold-up of a stage
belonged to the tray, only the tray hydraulics were considered in
their design, and the downcomer hydraulics were ignored. Li et al.
optimized the RD column with liquid hold-up as an optimization
variable, and for simplification, they calculated the liquid hold-up
by Eq. (58), where AT is total column cross-section area. However,
in real plate column, the effective zone of a tray is bubbling area,
and the height of clear liquid is approximately 10%e40% of the weir
height [17]. There no doubt, the liquid hold-up calculated by Li et al.
is obviously overestimated. Additionally, Li et al. did not consider
the liquid hold-up and the hydraulics in the downcomer of the
column, which may lead to the hydraulics infeasibility.

Vj
r ¼ATh

j
w (58)

Fig.10 shows the design by Li et al. (Fig.10(a)) and the evaluation
result by the model proposed in this study (Fig. 10(b)). It is found
that the purity of MeOAc in distillate is 0.926, and the flow of
MeOAc is 234.5 kmol$h�1, which cannot meet the requirements.

Fig. 11 shows the hydraulic conditions of the MeOAc RD column
evaluated by themodel proposed in this study. Fig. 11(a) reveals the
weeping on the stages 20e42 owing to the excessively low vapor

Fig. 11. Distribution of (a) weeping rate, (b) flooding rate, (c) downcomer backup
flooding rate.
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velocity in corresponding stages, in fact, the low flooding rate at the
bottom of the column in Fig. 11(b) confirms the low vapor rate. The
small weir height of column section I designed by Li et al., as shown
in Table 2, which may lead to a small height of the downcomer
clearance, resulting a significant resistance when liquid passes
through the downcomer outlet in column section I. Therefore, se-
vere downcomer backup flooding occurred in the first two stages of
the column, as shown in Fig. 11(c).

To obtain an accurate design, the MeOAc RD column was opti-
mized based on the proposed RDmodel. The optimization variables
of this case were the column diameter and number of trays for each
column section, weir height of column section II and III, the column
top pressure, the reflux ratio, the reboiling ratio, and fractional
downcomer area. And the fractional downcomer area was consid-
ered as an additional optimization variable. Note that, to avoid the
weeping owing to small gas velocity in the column bottom, a small
fractional hole area of 8% was adopted in this case, and since there
was almost no reaction in column section I and no catalyst installed,
this section was a conventional rectifying section without reaction.
In contrast, column section II and III were the reaction sections. The
weir height of column section I was not optimized and was fixed at
50.8 mm because there was no additional requirement for liquid
hold-up in conventional distillation. The optimization results were
shown in Fig. 12 and Table 2.

Fig. 13. Distribution of (a) flooding rate, (b) weeping rate, (c) downcomer backup
flooding rate.Fig. 12. Flowsheet results of the optimal MeOAc RD column.

Table 2
Comparison of weir height, column diameter and the number of trays in each col-
umn section of the optimal MeOAc RD column

Column section I II III

Weir height (hw)/mm Li et al. 15.24 127.00 92.46
This study 50.8 82.4 134.3

Column diameter (D)/m Li et al. 2.04
This study 2.36 2.48 1.74

The number of trays Li et al. 2 23 17
This study 5 38 17
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From the optimization results, it's evident that the column
diameter, weir height, and the number of trays significantly
changed when the downcomer liquid hold-up was considered.
According to the new design, there was no flooding occurred in the
column, as shown in Fig. 13(a). The lowest gas velocity reached at
the last stage of the column section II and III, so the weeping there
reached their upper limit, as shown in Fig. 13(b). The downcomer
backup flooding met the constraints because of adequate wire high
optimized, as shown in Fig. 13 (c).

When the liquid hold-up without reaction in the downcomer
was taken into account, compared with the design by Li et al., the
number of trays increased while the liquid hold-up of each tray
decreased, as shown in Fig. 14 (a). At the same time, there was an
increase in optimized operating pressure (335.14 kPa), resulting in
an increase in the temperature in the column, and the reaction rate
on each tray also increased, as shown in Fig.14 (b), which is also one
of the reasons why the weir height required in the reaction section
is smaller than the design by Li et al.

The optimal fractional downcomer liquid hold-up volume in a
homogeneous RD column is a trade-off of the liquid hold-up and
the extent of reaction in the tray and downcomer to achieve the
minimum TAC. For this MeOAc RD column, as there was no catalyst
in the downcomer, the optimized downcomer liquid hold-up pro-
portion in the total liquid hold-up at all stages (as shown in Fig. 15)
was reduced compared to Case 1, so as to ensure that there was
sufficient liquid hold-up on trays for adequate reaction.

4. Conclusions

In this study, a rigorous pseudo-transient equilibrium RD model
that considers liquid hold-up on trays and in downcomers, as well
as the column hydraulic, was developed to assess their effects on
reaction, separation and operation in an RD plate column. A steady-
state optimization algorithm assisted by the pseudo-transient RD
model was used to simultaneously optimize both structural and
operational variables. The influence of liquid hold-up in both
downcomers and column trays on the operation and optimization
design of RD columns was explored, and rigorous simulation and
optimization design of RD columns were realized.

The evaluation and optimization study of the EG homogeneous
RD column revealed that assuming all liquid hold-up of a stage is
solely attributed to the tray tends to overestimate the tray's liquid
hold-up and ignores the differences in reaction rates between the
tray and the downcomer. This results in significant deviations in the
optimized liquid hold-up. Additionally, the study of the MeOAc
heterogeneous RD column demonstrated that neglecting the liquid
hold-up in the downcomer leads to an inaccurate design of the
downcomer structural parameters, which may render the down-
comer hydraulically infeasible and potentially affect the optimiza-
tion results for the tray parameters, thereby impacting the
optimized liquid hold-up design. Furthermore, the pressure drop of
each tray, as well as the pressure and temperature distribution in
the column, were significantly affected by the liquid hold-up in the
downcomers. This further altered reaction kinetics and phase
equilibrium conditions, causing substantial deviations in the opti-
mized column diameter, weir height, and number of trays.

This study proves that attributing all liquid hold-up of a
stage to the tray leads to significant deviations from the actual
situation and may render the designed column operationally

Fig. 14. Comparison of optimal results of liquid hold-up and reaction rate in trays: (a) liquid hold-up in trays, (b) reaction rate in trays.

Fig. 15. Distribution of fractional downcomer liquid hold-up volume.
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infeasible. Therefore, it is crucial to accurately calculate the
downcomer liquid hold-up. The model proposed in this study
accurately computes the liquid hold-up in both trays and
downcomers separately and facilitates robust optimization us-
ing the steady-state optimization method assisted by the PT
model. This study provides guidance for achieving more accu-
rate and operable optimization design of RD plate columns.
However, it does not account for the mass transfer between the
vapor and liquid entering the downcomer, which may affect the
optimal design. Future research should consider mass transfer
in downcomers to achieve more precise designs.
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Nomenclature

Ada the area under the downcomer apron, m2

A0 hole area, m2

CV, CL,tray, CL,dc pseudo-liquid hold-up constant, h�1

fda fractional downcomer area
hda the head loss under the downcomer apron, in
hdc the clear liquid layer height in the downcomer, in
h0dc the froth height in the downcomer, in
hl the height of the equivalent clear liquid layer

height, in
hw weir height, in
h0 the height of the downcomer clearance, in
Kj
i the phase equilibrium constant of component i on

tray j
kf the forward rate constant, h�1

Lj molar flow rates of the liquid phase entering tray j,
kg$m�3$s�1

Ljtray the molar flow rates of liquid phases leaving tray j,
kmol$h�1

lw weir length, in

Mj
i molar hold-ups of component i on stage j, kmol

Mj
L molar hold-ups of liquid phases on stage j, kmol

Mj
V molar hold-ups of vapor phases on stage j, kmol

Qdc the liquid volume flow rate in the downcomer,
m3$s�1

Ql the liquid flow rate, gal·min�1 (1 gas¼0.00379 m3)
Rji the molar reaction rate of component i on stage j,

kmol$m�3$h�1

RR reflux ratio
RVF vapor fraction of the reboiler
rjk the molar reaction rate of reaction k on stage j,

kmol$m�3$h�1

T temperature, K
UO actual vapor velocity based on the hole area, ft$s�1

udc the maximum clear liquid velocity at the
downcomer outlet, m$s�1

uFL the maximum clear liquid velocity at the
downcomer entrance, m$s�1

un actual gas velocity based on the net area of the
column, m$s�1

unf vapor velocity based on the net area of the column
during flooding, m$s�1

u0,min lower limit of the steam velocity based on the hole
area, m$s�1

Vj the molar flow rates of vapor phases leaving tray j,
kmol$h�1

Vj
r;dc the reaction volume in downcomer j, m3

Vj
r;tray the reaction volume on tray j, m3

ni,k normalized stoichiometric coefficient of
component i in reaction k

a integrated parameter
rG density of vapor, kg$m�3

rL density of liquid, kg$m�3

s surface tension, dynes$cm�1

fe effective relative froth density
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Appendix

Appendix A. Detailed TAC calculation for EG RD column

The equations for the TAC calculation were from Ciric and Gu
[25] in this case. The optimization function includes the annualized
cost of the column (COL), exchanger cost (EXC), feedstock cost (FEE)
and downstream separation cost (SEP).

TAC¼COL þ EXCþ FEEþ SEP (A1)

The annualized cost of the column (COL):

COL¼ cTD
1:55H þ cSHDðH0 þ HÞ0:802 (A2)

H ¼
XNS

j¼1

ε
jðHmin þ hwÞ (A3)

where CT is the cost parameter of trays. CSH is the cost parameter of
column shell. H represents column height. H0 is the height of the
column base, set to 9.84 ft (1 ft¼0.3048 m). Hmin is the minimum
distance between the plates, set to 2 ft.

The exchanger cost (EXC):

EXC¼ c0 þ cRQR þ cCQC (A4)

where c0 is the cost parameters, cR is heating utility cost, cC is
cooling utility cost, refer to Table A1 for specific values. QR and QC
are the duty of the reboiler and the condenser, respectively.

The feedstock cost (FEE):

FEE¼ðcEO � FEO þ cW � FwÞ$hyear (A5)

where FEO and FW are the feed flow rate of ethylene oxide and
water respectively. cEO and cW are feedstock cost of ethylene oxide
and water respectively. hyear is the annual working hour, the value
here is 8000.

The downstream separation cost (SEP):

SEP¼ cs � Lreb � ZH2O � hyear (A6)

where cS is downstream separation cost (USD$kmol�1 water in
effluent). Lreb is the product stream. ZH2O is the mole fraction of
water in the product stream.

Appendix B. Detailed TAC calculation of MeOAc RD column

The equations for the TAC are calculated by Eq. (49) in this case.
The equipment repayment period is 3 years. Energy consumption
cost Cenergy considers the cost of condenser and reboiler cold and
hot utility consumption.

Column equipment cost:

Ccol;cap ¼ Ccolumn þ Cplate (B1)

Ccolumn ¼
�
M&S
280

�
101:9D1:066H0:802ð2:18þ FcÞ (B2)

Fc ¼ FM � FP (B3)

Cplate ¼
�
M&S
280

�
4:7D1:55HFc (B4)

Fc ¼ Fs þ Ft þ Fm (B5)

where Ccolumn and Cplate are column shell equipment cost and tray
cost, respectively. M&S is the equipment cost factor, set to 1468.6. Fc
is the correction factor. FM and FP are the correction factor for the
container material and pressure, respectively, both of which are 1.
In Eq. (B.5), the tray spacing coefficient Fs is set to 1, the tray type
coefficient Ft is set to 0 for the sieve tray, and the material coeffi-
cient Fm is set to 0 for carbon steel.

Heat exchanger equipment cost:

Chx;cap ¼
�
M&S
280

�
101:3A0:65ð2:29þ FcÞ (B6)

A¼ Q
U � DTmean

(B7)

Fc ¼
�
Fd þ Fp

�
Fm (B8)

DTmean ¼
h�

T inhot � Toutcold

��
Touthot � T incold

�
�
T inhot � Toutcold þ Touthot � T incold

�.
2
i1=3

(B9)

where A is the heat transfer area, ft2. U is the heat transfer coeffi-
cient, which is 0.852 kW$K�1$m�2 and 0.568 kW$K�1$m�2 in the
condenser and reboiler, respectively. Q is the heat duty of the
reboiler or condenser. The selection of the reboiler adopts a kettle-
type heat exchanger, and its correction factor Fd is 1.35. The type of
condenser adopts fixed tube heat exchanger and its correction
factor Fd is 0.8. The value of the pressure coefficient Fp is 0 when it is
less than 1013.25 kPa. T in

hot and T in
cold are the temperature of the heat

stream and cold stream entering the heat exchanger, respectively.
Similarly, Touthot and Tout

cold are the temperature of the heat stream and
cold stream exiting the heat exchanger, respectively.

Table A1
Parameters for economic evaluation

Parameter Value

cT/USD$a
�1 15.7

cSH/USD$a
�1 222

c0/USD$a
�1 10,000

cR/USD$kW
�1$a�1 146.8

cC/USD$kW
�1$a�1 24.5

cEO/USD$kmol�1 43.70
cW/USD$kmol�1 21.90
cS/USD$kmol�1 0.15
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Energy cost:

Cenergy ¼hyearCepQ (B10)

where Cep is utility price. The utility prices used in this example
case are shown in Table B1.

Table B1
Utility type and cost date.

Item Value/USD$GJ�1

Low pressure steam (600 kPa, 160 �C) 7.78
High pressure steam (1100 kPa, 254 �C) 9.88
Water (25e35 �C) 0.354
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